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Source : world energy assessment : UNDP 2000

45% 22% 33%

Wood Agriculture Waste
42 -165 PJ 26-86 PJ 34-50 PJ

Bioenergy in Switzerland: assessing the domestic sustainable biomass potential 
B Steubing, R Zah, P Waeger, C Ludwig 
Renewable and Sustainable Energy Reviews 14 (8), 2256-2265

Figures for Switzerland (sustainable potential : total = 82-301 PJ)

13 GJ/ha/y

 Biomass conversion routes and production potential in Switzerland 
sustainable -Technical in PJ/year

Resources
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Gasification & Fuel
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Gasification 6

CH1.5O0.67 + 0.33 H2O-> CO+ 1.08 H2 (ΔH=101 kJ/mol (700-900°C, 1 atm))

wood steam   
(gasifying agent)

syngas

References: MIT open courseware:William H. Green Sustainable Energy November 16, 2010 
                     Capucine Dupont, LTB CEA Grenoble 
                     www.springvale.biz/course%20notes/week11%20Biomass%20wood%20combustion1/week11.htm

endothermic

Water Gas-shift

Methane synthesis
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Gasification technologies 7
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Gasification technologies 8
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Different gasifiers arrangement 9

References: MIT open courseware:William H. Green Sustainable Energy November 16, 2010 
                     Capucine Dupont, LTB CEA Grenoble 
                     www.springvale.biz/course%20notes/week11%20Biomass%20wood%20combustion1/week11.htm

Heat is supplied by partial oxidation of the biomass

Solid - Fluid dynamics is important



Types of gasifiers
Comparing operating conditions

Chapter 2. Process design

Table 2.3: Main operating condition and schematic conceptual representation of
FICFB and EFgasification (Boissonnet and Duchadeau (2008). Figures from E4tech
(2008))

FICFB EF

Temperature 800-1000 °C 1200-1500 °C
Pressure 1-4 bar 30-80 bar
Gas residence time 10 s seconds
Solid residence time several minutes seconds
Particle size 50-150 mma < 0.1 mm
Gasification agent steam steam/O2

a Depending on the type of chamber used for gasification and combustion, generally for bubbling
fluidised beds (BFB) 50-150 mm maximum and for circulating fluidised beds (CFB) 20 mm maximum.

investigated especially for the treatment of waste (such as municipal solid waste (MSW)) with
power production (E4tech (2008)). The techno-economic performance of plasma gasification
in BtL processes is evaluated by Seiler et al. (2010) and recently (4th quarter of 2012), a
Westinghouse Plasma Gasifier was commissioned for a process converting 150 tpd of biomass
into F-T liquids in Wuhan, Hubei, China by Wuhan Kaidi (Westinghouse (2014)). For an
extensive review and comparison of gasification technologies the reader is directed to the
interesting report by E4tech (2008).

2.3.1 Oxygen supply

Oxygen is used as an oxidiser to provide direct heating through combustion of part of
the process streams. The use of oxygen instead of air avoids the dilution of the synthesis gas
with N2, which would affect the size of the downstream units as well as the conversion in
the F-T synthesis. The unit operations which use oxygen are the EF gasifier, and the high
temperature stage used to eliminate the tars produced in the FICFB gasifier. If the electrolysis
unit is considered in the process (which will be presented in Section 4.5), oxygen is produced
on site as a by-product, reducing therefore the net oxygen requirement.

Today, the only commercially available technology capable of producing economically

42

E. Peduzzi : PhD Thesis EPFL, 2015

Fast Internally Circulating Fluidised Bed 
Entrained Flow



©Francois Marechal -IPESE-IGM-STI-EPFL 2014

• Two stages gasification

Viking gasifiers 11
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• Composition depends on gasifier technology

Gas composition modeling 12

a more conservative hypothesis concerning methane forma-

tion in the model, which is to consider not the partial pres-
sure, but the molar fractions as activity of the species in the
gas phase. A bK~c is therefore defined, i.e.:

bK~c ¼

Q
j
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nj

j
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and used instead of bKp. Equation (14) is therefore rewritten as:

bK~c
¼ Kp

!
Tg þ DTeq

"
(18)

in which Kp is still evaluated with Equation (15).
By applying this approach to four independent equilibrium

reactions of Table 2, it is feasible to determine the reaction
extent and the product composition of gasification. However,
it has been observed that the observed C2H4-fraction is
excessively far from its equilibrium composition in terms of
temperature, and that the amount of residual carbon is
numerically sensible and difficult to handle since it is only
implicitly represented in the equations. In order to avoid
a considerable deterioration of the robustness of the model,
the corrected equilibrium reactions are therefore only used

with the hydrogenating gasification (3) and the water–gas shift
reaction (7). The amount of higher hydrocarbons represented
by ethene is assumed to be proportional to the methane yield
(19), and the carbon conversion efficiency is considered
constant (20):

~cC2H4 ¼ kC2=C1
~cCH4 (19)

_mcarbon;residual ¼ ð1" 3ccÞ _mcarbon;biogenic (20)

By fitting the model parameters (DTeq,(2), DTeq,(2), kC2=C1 and
3cc) to data of existing plants, both correct product yields and
energy balances around the nominal operating points are
obtained. Table 4 shows the good agreement of the recon-
ciliation reached for the considered gasifiers with the values

of the model parameters of Table 5. It is thereby interesting
to see that the distance to equilibrium of the reactions are

identical in the two models although the principles of gasi-
fication are different. This means that the bed plays the same
catalytical role in the gasifier and that the stability of
methane in the gas phase preventing its decomposition is the
same in the two gasifiers which are operating at similar
temperatures.

Fig. 3 depicts the dependence of the gasifier outlet
composition in the interval of &50 'C of the nominal gasifi-
cation temperature. For both gasifiers, lower operating
temperatures are increasing the hydrocarbon and CO2 content
and decreasing the H2 and CO fractions, resulting in an

increased volumetric calorific value of the gas. Comparing
both gasifiers, it can be seen that the CO and CO2 fractions and
thus the degree of oxidation is considerably higher in directly
heated gasification. Accordingly, its product gas has a lower
stoichiometric number than in indirectly heated gasification,
which will lead to a lower CH4 concentration after methana-
tion. Fig. 4 shows the cold gas efficiency 3cg, defined as the ratio
of the chemical energy contained in the cold product gas and
the raw material (21), for variations of temperature and inlet
wood humidity around the normal operating point.

3cg ¼
Dh0

gas _m"gas

Dh0
wood

_mþwood

(21)

According to the figure, the conversion of chemical energy is
more efficient in directly heated gasification and situated
around 80%, while its value for indirectly heated gasification is
in the range of 70–80%. As discussed in Section 2.2.1,

Table 4 – Reconciliation of the producer gas compositions
at nominal Tg and pg [ 1 bar (Data/Calculation [%vol]).

Gasifier Indirectly
heated [66]

Directly
heated [29]

Directly
heated (O2)

Tg 850 'C 800 'C 800 'C
C2H4 1.8/1.9 2.0/1.9 –/4.5
CH4 8.8/9.6 4.2/4.0 –/9.5
H2 37.3/38.5 14.8/14.7 –/25.8
CO 29.4/27.4 15.4/16.0 –/32.3
CO2 16.2/15.8 15.0/14.7 –/24.0
N2 -a/2.9 39.6/40.3 –/0.1
H2O 3.6/3.9 –/8.4 –/3.8
Dh0

[MJ$Nm"3]
12.0/12.2 6.2/6.2 –/12.9

SN [-] 0.24/0.26 0.13/0.13 –/0.13

a Although no nitrogen is introduced by the gasification agent,
some N2 is used for inertisation of the raw material, which
prohibits to attain the criterion on the Wobbe Index at the process
outlet. In the remainder of this work, a cut-down to 0.5%vol of the
dry gas by inertisation with CO2 is assumed feasible.

Table 5 – Reconciled gasification model parameters.

Gasifier Indirectly heated Directly heated

DTeq,(3) "280 'C "280 'C
DTeq,(7) "112 'C "112 'C
kC2=C1 0.205 0.476
3cc 90.3% 93.0%
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Fig. 3 – Molar compositions of the dry gas from gasification.
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monoxide, carbon dioxide, hydrocarbons, tars and ash.

According to the requirement for a final gas product with
high calorific value, adequate gasification technology should
produce a nitrogen-free gas with high methane content. Air as
gasifying agent is therefore not suitable and only steam and
oxygen can be used for this purpose. Considering the equilib-
rium equations for the gas phase [5], high methane fractions
are expected for gasification at low temperature and high
pressure, having the further advantage that endothermicity of
gasification decreases. Entrained flow gasification technology
operating at high temperature is thus not adequate for the
targeted application. The specified plant capacity further

restricts the gasifier choice. Due to geometric considerations,
fixed bed reactors are limited to about 10 MWth [3,27] and thus
hardly compatible with plants at industrial scale.

In this study, two types of gasifiers have been investigated,
i.e. indirectly heated, steam blown FICFB-gasification [28]
operating at around 850 !C and atmospheric pressure and
directly heated, steam-oxygen blown, pressurised CFB-gasifi-
cation [29] operating at around 800 !C.

2.2.3. Oxygen production for gasification
Oxygen required for gasification is conventionally produced

by cryogenic air separation or pressure swing adsorption
(PSA). According to Kirschner [30], on-site production with
these technologies gets competitive at capacities of about
1000 Nm3 h"1 (0.35 kg s"1) and 50 Nm3 h"1 (0.02 kg s"1),
respectively. If smaller flow rates are required, oxygen can be
purchased and delivered to the plant from an external
supplier. Apart from these established technologies, high-
temperature air separation by ceramic ion transfer
membranes may be promising in the future since they can
benefit from a tight integration into the plant [31]. If tempo-
rarily cheap electricity is available, electrolysis is further an

interesting option since the co-produced hydrogen can be
injected into the methane synthesis, where it is bound to the
abundant carbon from biomass and increases the SNG-yield.
Even if not operated as base load, this would allow for peak
shaving electricity generated from intermittent sources (like
wind power) and store it as green fuel in the gas grid [32].

2.2.4. Thermal pretreatment before gasification
In addition to drying, the biomass feed can optionally be
processed in a second, thermochemical torrefaction or
pyrolysis pretreatment step. In the literature, these technol-
ogies are often discussed in the context of improving the solid

fuel’s thermal and mechanical properties like heating value or
grindability [33,34], or the direct production of bio-oil that is

further refined to liquid fuel [35]. However, thermochemical

processes based on gasification can benefit in general from
such a pretreatment [22,33]. In addition to completely dry the
feedstock for gasification, these technologies are charac-
terised by an onsetting endothermal decomposition at low
temperature, which decreases the energy demand at high-
temperature in the subsequent gasification. This directly
results in a higher cold gas efficiency if the required energy for
torrefaction or pyrolysis is provided from excess heat below
the pinch. The product gas of a directly heated gasifier is thus
less oxidised, and the fuel consumption of an indirectly
heated gasifier is reduced.

As demonstrated on pilot scale by Henriksen et al. [36], one
alternative is to directly close-couple a pyrolysis screw with the
gasification stage and thus feed both the gaseous and solid
products into the gasifier. Another one is to only feed the solid
product to the gasifier and burn the by-produced low calorific
gas. Although Prins et al. [33] concluded that this option
decreases the performance of directly heated fluidised bed
gasification, it is promising in indirectly heated gasification
since the volatiles can be used as fuel.

2.2.5. Gas cleaning
During gasification, tars are formed and traces of nitrogen,
sulphur, chlorines and metals contained in the wood are
reformed and transferred into the product gas. In order to
prevent catalyst poisoning, the gas must be rid of these
substances prior to methanation. Conventional cold gas
cleaning includes a baghouse or sand filter to remove solid
particles and partially tars, a scrubber for removal of
ammonia, metals and residual tars as well as guard beds for
scavenging hydrogen sulfide. Typical temperatures for these
stages are 150–180 !C at the filter inlet, 40 !C at the scrubber
outlet and around 350 !C in the guard beds [37,38]. Alterna-

tively, hot gas cleaning by particle removal with candle filters
or electrostatic precipitators, thermal or catalytic cracking of
the tars and high-temperature adsorption of other contami-
nants could be applied. This would allow for a compact
process design based on pressurised gasification and metha-
nation without intermediate gas cooling and compression. A
general overview on these advanced cleaning technologies for
biomass gasification is given in for example [39], extensive
details on catalytic processes are reviewed by [40] and recent
technology developments can be found in [41–43].

2.2.6. Methane synthesis
Methane synthesis is a refining process to increase the calo-
rific value of a gas containing high carbon monoxide and

Table 2 – Gasification and methanation reactions.

Interaction Name Reaction D~h0
r

Solid–gas Hydrogenating gasification CðsÞ þ 2H2#CH4 (3) "75 kJ/mol

Boudouard equilibrium CðsÞ þ CO2#2CO (4) 173 kJ/mol

Gas–gas Methane synthesis COþ 3H2#CH4 þH2O (5) "206 kJ/mol

Ethene reforming C2H4 þ 2H2O#2COþ 4H2 (6) 210 kJ/mol

Water–gas shift equilibrium COþH2O#CO2 þH2 (7) "41 kJ/mol
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by for instance [22,61] and in more detail by [62–64], a ther-

modynamically more significant approach is to correct the
equilibrium temperature by introducing a temperature
difference DTeq to equilibrium, i.e.:

bKp ¼ Kp

!
Tg þ DTeq

"
(14)

where Kp is the theoretical equilibrium constant and bKp the
apparent one corresponding tom the experimentally observed

composition at the gasification temperature Tg. They are
computed with:

KpðTÞ ¼ exp
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where n are the stoichiometric coefficients of the reactants i
and products j, p their partial pressure, ~g the Gibbs free energy
and R the ideal gas constant. Assuming that wood is converted
into the gaseous components H2, CO, CO2, CH4, C2H4, H2O, N2

and residual solid carbon C(s), four model equations are
needed in addition to the atomic balances in order to deter-

mine the product yield and composition. Among the different
possibilities, the hydrogenating gasification (3), Boudouard (4),

steam ethene reforming (6) and water–gas shift (7) equilibria

of Table 2 could be chosen as an independent set.
According to the heat of reaction of these equilibria, higher

gasification temperatures would favour the formation of H2

and CO, while CO2, CH4, C2H4 and – with the typical wood
composition of Table 1 – C(s) are favoured at lower tempera-
tures. This behaviour is generally confirmed for H2, CH4, C2H4

and C(s) by some extensive studies on fluidised bed gasifica-
tion [23,55,65]. In indirectly heated gasification, this trend has
also been roughly confirmed for CO and CO2 [65], whereas
directly heated gasification with oxygen generated more CO2

and less CO with increasing temperature [23]. These differ-

ences can partly be explained by the increasing oxygen
content with temperature due to the direct heating, but must
also be attributed to higher reaction rates that favour the
conversion towards CO2.

A large amount of different operating conditions has been
investigated in the literature, yet surprisingly few information
is available on the influence of pressure. To our knowledge, no
systematic dataset has been published, and the few
measurements at moderate and only slightly varying pressure
do not allow to confirm the expectation from Eq. (16) that
namely the CH4-fraction increases with increasing pressure.

Indeed, it can be argued that the pressure tends to accelerate
the reaction rates, thus improves the conversion towards
equilibrium and counterbalances the positive equilibrium
effect of pressure on methane yield. We therefore adopt

Table 3 – General assumptions and key parameters for the energy-flow models.

Section Specification Value

Air drying Wood outlet temperature Tair,out

Dryer pressure drop 100 mbar
Steam drying Wood outlet temperature TH2O;sat

Dryer pressure drop 50 mbar
Heat loss (based on energy for steam heating) 18%

Gasification Pressure drop in fluidised bed reactors 150 mbar
Excess pressure of injected steam 12 bar

Gasification, indirectly heated Reactor heat loss (based on transferred heat) 10%
N2-content in cold gas 0.5%vol

Gasification, directly heated Reactor heat loss (based on Dh0
wood) 1%

Gas cleaning Filter inlet temperature 150 &C
Pressure drop 100 mbar
Biodiesel consumption in scrubber 4.7 ml$m%3

gas

Methane synthesis Reactor pressure drop 150 mbar
Energy efficiency of electrolysis 85%

Physical absorption CO2-solubility in Selexol 0.18 mol l%1 bar%1

Relative solubility CO2/CH4 17.1
Regeneration pressure 1 bar
Pressure drop through column neglected

Pressure swing absorption Adsorption pressure 5.5 bar
Purging pressure 0.2 bar
CO2 (CH4)-slip fraction during adsorption (purging) 0.2%vol

Polymeric membranes Material: cellulose acetate (polysulfone) for bulk-CO2 (H2) separation
CO2 -permeability 9.0 (5.6) barrer
Selectivity CO2/CH4, CO2/CO, CO2/N2 21.1 (22.4)
Selectivity H2/CH4 6.2 (56.0)
Effective membrane thickness 1000 Å

All sections Heat exchanger pressure drop neglected
Isentropic efficiency of turbomachinery 80%

Thermodynamic models Ideal gas law, liquid phase in unsymmetric convention with solubilities from [52]
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tures. This behaviour is generally confirmed for H2, CH4, C2H4

and C(s) by some extensive studies on fluidised bed gasifica-
tion [23,55,65]. In indirectly heated gasification, this trend has
also been roughly confirmed for CO and CO2 [65], whereas
directly heated gasification with oxygen generated more CO2

and less CO with increasing temperature [23]. These differ-

ences can partly be explained by the increasing oxygen
content with temperature due to the direct heating, but must
also be attributed to higher reaction rates that favour the
conversion towards CO2.

A large amount of different operating conditions has been
investigated in the literature, yet surprisingly few information
is available on the influence of pressure. To our knowledge, no
systematic dataset has been published, and the few
measurements at moderate and only slightly varying pressure
do not allow to confirm the expectation from Eq. (16) that
namely the CH4-fraction increases with increasing pressure.

Indeed, it can be argued that the pressure tends to accelerate
the reaction rates, thus improves the conversion towards
equilibrium and counterbalances the positive equilibrium
effect of pressure on methane yield. We therefore adopt

Table 3 – General assumptions and key parameters for the energy-flow models.

Section Specification Value

Air drying Wood outlet temperature Tair,out

Dryer pressure drop 100 mbar
Steam drying Wood outlet temperature TH2O;sat

Dryer pressure drop 50 mbar
Heat loss (based on energy for steam heating) 18%

Gasification Pressure drop in fluidised bed reactors 150 mbar
Excess pressure of injected steam 12 bar

Gasification, indirectly heated Reactor heat loss (based on transferred heat) 10%
N2-content in cold gas 0.5%vol

Gasification, directly heated Reactor heat loss (based on Dh0
wood) 1%

Gas cleaning Filter inlet temperature 150 &C
Pressure drop 100 mbar
Biodiesel consumption in scrubber 4.7 ml$m%3

gas

Methane synthesis Reactor pressure drop 150 mbar
Energy efficiency of electrolysis 85%

Physical absorption CO2-solubility in Selexol 0.18 mol l%1 bar%1

Relative solubility CO2/CH4 17.1
Regeneration pressure 1 bar
Pressure drop through column neglected

Pressure swing absorption Adsorption pressure 5.5 bar
Purging pressure 0.2 bar
CO2 (CH4)-slip fraction during adsorption (purging) 0.2%vol

Polymeric membranes Material: cellulose acetate (polysulfone) for bulk-CO2 (H2) separation
CO2 -permeability 9.0 (5.6) barrer
Selectivity CO2/CH4, CO2/CO, CO2/N2 21.1 (22.4)
Selectivity H2/CH4 6.2 (56.0)
Effective membrane thickness 1000 Å

All sections Heat exchanger pressure drop neglected
Isentropic efficiency of turbomachinery 80%

Thermodynamic models Ideal gas law, liquid phase in unsymmetric convention with solubilities from [52]
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by for instance [22,61] and in more detail by [62–64], a ther-

modynamically more significant approach is to correct the
equilibrium temperature by introducing a temperature
difference DTeq to equilibrium, i.e.:

bKp ¼ Kp
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Tg þ DTeq
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where Kp is the theoretical equilibrium constant and bKp the
apparent one corresponding tom the experimentally observed
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where n are the stoichiometric coefficients of the reactants i
and products j, p their partial pressure, ~g the Gibbs free energy
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According to the heat of reaction of these equilibria, higher

gasification temperatures would favour the formation of H2

and CO, while CO2, CH4, C2H4 and – with the typical wood
composition of Table 1 – C(s) are favoured at lower tempera-
tures. This behaviour is generally confirmed for H2, CH4, C2H4

and C(s) by some extensive studies on fluidised bed gasifica-
tion [23,55,65]. In indirectly heated gasification, this trend has
also been roughly confirmed for CO and CO2 [65], whereas
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content with temperature due to the direct heating, but must
also be attributed to higher reaction rates that favour the
conversion towards CO2.

A large amount of different operating conditions has been
investigated in the literature, yet surprisingly few information
is available on the influence of pressure. To our knowledge, no
systematic dataset has been published, and the few
measurements at moderate and only slightly varying pressure
do not allow to confirm the expectation from Eq. (16) that
namely the CH4-fraction increases with increasing pressure.

Indeed, it can be argued that the pressure tends to accelerate
the reaction rates, thus improves the conversion towards
equilibrium and counterbalances the positive equilibrium
effect of pressure on methane yield. We therefore adopt
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Air drying Wood outlet temperature Tair,out
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Steam drying Wood outlet temperature TH2O;sat

Dryer pressure drop 50 mbar
Heat loss (based on energy for steam heating) 18%

Gasification Pressure drop in fluidised bed reactors 150 mbar
Excess pressure of injected steam 12 bar

Gasification, indirectly heated Reactor heat loss (based on transferred heat) 10%
N2-content in cold gas 0.5%vol

Gasification, directly heated Reactor heat loss (based on Dh0
wood) 1%

Gas cleaning Filter inlet temperature 150 &C
Pressure drop 100 mbar
Biodiesel consumption in scrubber 4.7 ml$m%3

gas

Methane synthesis Reactor pressure drop 150 mbar
Energy efficiency of electrolysis 85%

Physical absorption CO2-solubility in Selexol 0.18 mol l%1 bar%1

Relative solubility CO2/CH4 17.1
Regeneration pressure 1 bar
Pressure drop through column neglected

Pressure swing absorption Adsorption pressure 5.5 bar
Purging pressure 0.2 bar
CO2 (CH4)-slip fraction during adsorption (purging) 0.2%vol

Polymeric membranes Material: cellulose acetate (polysulfone) for bulk-CO2 (H2) separation
CO2 -permeability 9.0 (5.6) barrer
Selectivity CO2/CH4, CO2/CO, CO2/N2 21.1 (22.4)
Selectivity H2/CH4 6.2 (56.0)
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gas. Conversely, for steam gasification low moisture con-
tent is favoured to increase the heating value of producer
gas. When total investments are minimised (e.g.,
Fig. 6(right), GT-CC, also in Table 6) power production
is minimal and process steam is inefficiently used for wood
drying, thereby raising the specific capital cost above
6000 €/kW. Conversely, when the process efficiency is max-
imised specific capital costs are improved (e.g., Fig. 5(left),
ICE-CC, also in Table 6). The ICE has a low temperature
(90 !C) cooling requirement representing approximately
20% of the producer gases lower heating value. For optimal
heat integration, the engine coolant could possibly be used
for preheating wood drying air or boiler feed water.

5.2. Evaluation of solutions in function of other performance
criteria

By re-plotting the Pareto trade-off points, other indica-
tors can also serve as guidelines for evaluating and choos-
ing among the different process configurations and
operation conditions. Of particular interest are the specific
capital investment costs. Since the daf mass flow rate and
chemical exergy of wood are constant, they can be viewed
as a measure of the trade-off between both objectives. It is

also of interest to examine results in function of gasifier tar
concentrations. In Fig. 7 the specific capital costs (upper
left) and gasifier outlet tar concentrations (lower left), as
well the gasification temperature (upper right) and pressure
are separately plotted as a function of total grass roots
costs. Recalling from Fig. 3 that the split between GT-
CC and ICE-CC solutions is located between 21 and
23 M€, it can be seen that GT-CC is superior to ICE-CC
in terms of specific costs. Solutions that favour the lowest
specific costs for GT-CC range from 15 to 21 M€. These
configurations are also predicted to maximise tar forma-
tion (at low temperature and high pressure operating con-
ditions). This should not be of concern with hot gas
cleaning provided that tar does not condense before the
producer gas is combusted in the burner. The conditions
maximising ICE-CC efficiency with cold gas cleaning (low
pressure and high temperatures) favour minimal tar forma-
tion, but specific capital costs are optimal when capital
costs are in the interval of 22–26 M€ where tar concentra-
tions remain high for air and oxygen gasification due to
higher operating pressures. In respect to the different oxi-
dants and in terms of optimal specific capital costs, steam
gasification still appears as the best option (with specific
costs of 2130 €/kWe for GT-CC, and 2717 €/kWe for

Table 6
End points of trade-off curve for the 20 MWth installation

Reactor (n iterations) Units O2 gasification (15,000) Air gasification (15,000) H2O gasification (15,000)

Max eff. Min cost Max eff. Min cost Max eff. Min cost

Invest. costs k€ 29,717 19,129 32,939 17,122 26,335 14,339
Exergy efficiency – 0.32 0.13 0.33 0.10 0.34 0.19
Electric eff. – 0.41 0.17 0.43 0.13 0.43 0.24

Power kWe 8269 3303 8534 2690 8685 4786
Specific cost k€/kWe 3.59 5.79 3.86 6.37 3.03 3.00
Comp. curve – – – Fig. 5(left) Fig. 6(right) – –

m.c. dried wood – 0.25 0.06 0.23 0.06 0.03 0.03
ER or SBR – 0.25 0.25 0.25 0.25 0.34 0.33
P gasifier bar 6.40 16.50 2.5 8.65 3.7 11.85
T gasifier K 1123.5 1077.5 1134 1076 1119 1114
T inlet K 753 737 611 591.5 753 749.5
Topping cycle – ICE GT ICE GT ICE GT
P boiler bar 37.95 15.05 36.55 60 58.05 13
T reheat K 752.5 574 752.5 577 753 749.5
T bleed K 368 386.5 420 386 464.5 381.5

Tar mg/N m3 5189 33,891 15 382 5354 86,034
N2 % 0.2 0.3 47.7 59.6 0.2 0.2
H2 % 11.5 13.3 10.7 7.5 20.1 14.2
CO2 % 49.3 59.5 18.9 21.2 31.2 38.2
CO % 14.6 9.8 13.8 5.8 16.8 9.4
CH4 % 11.5 10.4 6.1 4.4 17.3 17.1
Other HC % 12.8 5.6 2.7 1.0 14.3 18.3
NH3 % 5.44E!03 3.18E!02 5.91E!02 4.63E!01 4.38E!02 4.56E!02
Furfural % 2.58E!02 7.19E!01 8.41E!05 6.52E!03 6.46E!03 9.03E!02
Phenol % 1.21E!01 3.99E!01 2.41E!04 1.55E!03 1.40E!01 1.81E+00
Naphthalene % 1.28E!02 1.62E!02 1.69E!07 2.14E!06 1.34E!02 6.80E!01
Pyridine % 4.17E!03 1.83E!02 1.06E!04 2.94E!03 6.54E!03 6.58E!02
Char % 5 23 6 24 10 10

Notes: The regression parameters of the reaction model provide from atmospheric air gasification data. Gas and tar species concentrations are expressed
on a dry basis; char as a percentage of dry ash free wood, electric efficiency based on the LHV of 50% m.c. wood. Reference year for costs is 2004
(actualised with Marshall and Swift annual equipment cost indices).
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gas. Conversely, for steam gasification low moisture con-
tent is favoured to increase the heating value of producer
gas. When total investments are minimised (e.g.,
Fig. 6(right), GT-CC, also in Table 6) power production
is minimal and process steam is inefficiently used for wood
drying, thereby raising the specific capital cost above
6000 €/kW. Conversely, when the process efficiency is max-
imised specific capital costs are improved (e.g., Fig. 5(left),
ICE-CC, also in Table 6). The ICE has a low temperature
(90 !C) cooling requirement representing approximately
20% of the producer gases lower heating value. For optimal
heat integration, the engine coolant could possibly be used
for preheating wood drying air or boiler feed water.

5.2. Evaluation of solutions in function of other performance
criteria

By re-plotting the Pareto trade-off points, other indica-
tors can also serve as guidelines for evaluating and choos-
ing among the different process configurations and
operation conditions. Of particular interest are the specific
capital investment costs. Since the daf mass flow rate and
chemical exergy of wood are constant, they can be viewed
as a measure of the trade-off between both objectives. It is

also of interest to examine results in function of gasifier tar
concentrations. In Fig. 7 the specific capital costs (upper
left) and gasifier outlet tar concentrations (lower left), as
well the gasification temperature (upper right) and pressure
are separately plotted as a function of total grass roots
costs. Recalling from Fig. 3 that the split between GT-
CC and ICE-CC solutions is located between 21 and
23 M€, it can be seen that GT-CC is superior to ICE-CC
in terms of specific costs. Solutions that favour the lowest
specific costs for GT-CC range from 15 to 21 M€. These
configurations are also predicted to maximise tar forma-
tion (at low temperature and high pressure operating con-
ditions). This should not be of concern with hot gas
cleaning provided that tar does not condense before the
producer gas is combusted in the burner. The conditions
maximising ICE-CC efficiency with cold gas cleaning (low
pressure and high temperatures) favour minimal tar forma-
tion, but specific capital costs are optimal when capital
costs are in the interval of 22–26 M€ where tar concentra-
tions remain high for air and oxygen gasification due to
higher operating pressures. In respect to the different oxi-
dants and in terms of optimal specific capital costs, steam
gasification still appears as the best option (with specific
costs of 2130 €/kWe for GT-CC, and 2717 €/kWe for

Table 6
End points of trade-off curve for the 20 MWth installation

Reactor (n iterations) Units O2 gasification (15,000) Air gasification (15,000) H2O gasification (15,000)

Max eff. Min cost Max eff. Min cost Max eff. Min cost

Invest. costs k€ 29,717 19,129 32,939 17,122 26,335 14,339
Exergy efficiency – 0.32 0.13 0.33 0.10 0.34 0.19
Electric eff. – 0.41 0.17 0.43 0.13 0.43 0.24

Power kWe 8269 3303 8534 2690 8685 4786
Specific cost k€/kWe 3.59 5.79 3.86 6.37 3.03 3.00
Comp. curve – – – Fig. 5(left) Fig. 6(right) – –

m.c. dried wood – 0.25 0.06 0.23 0.06 0.03 0.03
ER or SBR – 0.25 0.25 0.25 0.25 0.34 0.33
P gasifier bar 6.40 16.50 2.5 8.65 3.7 11.85
T gasifier K 1123.5 1077.5 1134 1076 1119 1114
T inlet K 753 737 611 591.5 753 749.5
Topping cycle – ICE GT ICE GT ICE GT
P boiler bar 37.95 15.05 36.55 60 58.05 13
T reheat K 752.5 574 752.5 577 753 749.5
T bleed K 368 386.5 420 386 464.5 381.5

Tar mg/N m3 5189 33,891 15 382 5354 86,034
N2 % 0.2 0.3 47.7 59.6 0.2 0.2
H2 % 11.5 13.3 10.7 7.5 20.1 14.2
CO2 % 49.3 59.5 18.9 21.2 31.2 38.2
CO % 14.6 9.8 13.8 5.8 16.8 9.4
CH4 % 11.5 10.4 6.1 4.4 17.3 17.1
Other HC % 12.8 5.6 2.7 1.0 14.3 18.3
NH3 % 5.44E!03 3.18E!02 5.91E!02 4.63E!01 4.38E!02 4.56E!02
Furfural % 2.58E!02 7.19E!01 8.41E!05 6.52E!03 6.46E!03 9.03E!02
Phenol % 1.21E!01 3.99E!01 2.41E!04 1.55E!03 1.40E!01 1.81E+00
Naphthalene % 1.28E!02 1.62E!02 1.69E!07 2.14E!06 1.34E!02 6.80E!01
Pyridine % 4.17E!03 1.83E!02 1.06E!04 2.94E!03 6.54E!03 6.58E!02
Char % 5 23 6 24 10 10

Notes: The regression parameters of the reaction model provide from atmospheric air gasification data. Gas and tar species concentrations are expressed
on a dry basis; char as a percentage of dry ash free wood, electric efficiency based on the LHV of 50% m.c. wood. Reference year for costs is 2004
(actualised with Marshall and Swift annual equipment cost indices).
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increasing wood humidity is markedly deteriorating the
performance of both gasifiers.

3.1.3. Oxygen production for gasification
Since no major advantages from the integration of the SNG
production with a cryogenic or adsorptive air separation plant
is expected, oxygen has been considered as a utility and the
cost figures from Kirschner [30] are used directly. If by-
produced oxygen from electrolysis is used, an energy effi-
ciency of 85% based on the lower heating value of hydrogen
and the power input is assumed, and the excess heat is

considered available at 120 !C. A detailed analysis of this
particular process configuration is reported in [32] and thus
not discussed in this paper.

3.1.4. Thermal pretreatment before gasification
Compared to gasification, torrefaction and pyrolysis are
processes where the solid decomposition is less advanced and
multiple condensable and non-condensable products are
formed. An equilibrium approach to predict accurate product
yields and composition is not adequate, and the processes are
represented by simple conversion ratios for fixed operating

conditions. From experimental torrefaction data at 260 !C [67],
a dry solid yield of 87% has been derived, whereas the carbon
mass fraction in the product is increased by 5.7% compared to
its initial hydrocarbon composition, and the hydrogen and
oxygen fractions are decreased by 8.4% and 5.8%, respectively.
The moisture in the vapour phase is accompanied by acetic
acid, methane, carbon mono- and dioxide, whereas 50.1% and
17.5% of the biogenic hydrogen and oxygen is bound in
methane and carbon monoxide, respectively. For screw
pyrolysis [36], it is assumed that the volatile fraction of the
solid is completely transferred into the vapour phase, and

a simplified model for calculating the heat requirement for the
decomposition is used [22].

3.1.5. Gas cleaning
Since the conversion of impurities and tars are negligible for
energy concerns, they have not been included in the models.

However, the thermodynamic transformations that the

cleaning operations imply obviously need to be considered. If
cold cleaning is applied, the producer gas from gasification is
cooled to 150 !C before entering the filter. Downstream of this
unit, no thermal energy can be recovered and the gas is cooled
to atmospheric temperature in the scrubber, where it also
reaches water saturation. In the model, it has been assumed
that this heat is lost, although part of it would be available as
moderately heated water leaving the scrubber. If hot cleaning
is applied, the sensible heat of the gas is supposed to be
entirely recoverable.

3.1.6. Methane synthesis
Using a similar modelling approach like in gasification, the
outlet composition of the methane synthesis reactor has
been computed with equilibrium equations. However,
methanation is a catalytic process and the equilibrium
condition is a reasonable assumption if the amount of cata-
lytic material is sufficient. Experimental data from a labora-
tory reactor confirm this assumption [5]. No model constants
have therefore been introduced and the methanation (5), the
steam ethene reforming (6) and the water–gas shift reaction
(7) have been supposed to be in chemical equilibrium. In

order to avoid carbon deposition, steam must be added to the
producer gas prior to the reactor which disfavours the
formation of methane. The minimum required amount is
estimated based on the equilibrium data presented by
Mozaffarian and Zwart [3].

3.1.7. Carbon dioxide removal
All considered carbon dioxide removal processes are based on
local diffusion processes and are heavily dependent on
diffusion and absorption kinetics. A detailed model requires
dynamic simulation, which is too complicated and not

appropriate for flowsheet calculations in process design
studies. For this reason, the CO2-removal models are devel-
oped on the basis of overall performance and characteristic
operation parameters.

For physical absorption, the solubilities of carbon dioxide
and methane in the classic solvent Selexol reported by Sweny
and Valentine [48] are used to calculate the multicomponent
separation in an absorption tower. Applying the Kremser
method [68], its performance is determined with respect to the
number of theoretical trays and the relative solvent flow rate.
While the residual humidity in the saturated gas is completely
removed by the solvent, the solubility of the other non-

condensable species (H2, CO, N2) is very low and therefore
neglected in the modelling. In order to achieve a high product
recovery, a typical process layout with a flash drum at
moderate pressure for recycling the dissolved CH4 is consid-
ered [69].

Pressure swing adsorption is a discontinuous process that
removes the carbon dioxide by its adsorption under pressure
following regeneration of the adsorbent at subatmospheric
pressure. The purity and the amount of methane recovered
in the outlet stream is essentially determined by the dura-
tions of the adsorption, recycling and purging periods. As

shown on Fig. 5, two parameters, i.e. tr1 and tr2, are intro-
duced and fix the relative durations of these periods. The
time-averaged flow of species i that leaves the adsorber
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a more conservative hypothesis concerning methane forma-

tion in the model, which is to consider not the partial pres-
sure, but the molar fractions as activity of the species in the
gas phase. A bK~c is therefore defined, i.e.:
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and used instead of bKp. Equation (14) is therefore rewritten as:

bK~c
¼ Kp

!
Tg þ DTeq

"
(18)

in which Kp is still evaluated with Equation (15).
By applying this approach to four independent equilibrium

reactions of Table 2, it is feasible to determine the reaction
extent and the product composition of gasification. However,
it has been observed that the observed C2H4-fraction is
excessively far from its equilibrium composition in terms of
temperature, and that the amount of residual carbon is
numerically sensible and difficult to handle since it is only
implicitly represented in the equations. In order to avoid
a considerable deterioration of the robustness of the model,
the corrected equilibrium reactions are therefore only used

with the hydrogenating gasification (3) and the water–gas shift
reaction (7). The amount of higher hydrocarbons represented
by ethene is assumed to be proportional to the methane yield
(19), and the carbon conversion efficiency is considered
constant (20):

~cC2H4 ¼ kC2=C1
~cCH4 (19)

_mcarbon;residual ¼ ð1" 3ccÞ _mcarbon;biogenic (20)

By fitting the model parameters (DTeq,(2), DTeq,(2), kC2=C1 and
3cc) to data of existing plants, both correct product yields and
energy balances around the nominal operating points are
obtained. Table 4 shows the good agreement of the recon-
ciliation reached for the considered gasifiers with the values

of the model parameters of Table 5. It is thereby interesting
to see that the distance to equilibrium of the reactions are

identical in the two models although the principles of gasi-
fication are different. This means that the bed plays the same
catalytical role in the gasifier and that the stability of
methane in the gas phase preventing its decomposition is the
same in the two gasifiers which are operating at similar
temperatures.

Fig. 3 depicts the dependence of the gasifier outlet
composition in the interval of &50 'C of the nominal gasifi-
cation temperature. For both gasifiers, lower operating
temperatures are increasing the hydrocarbon and CO2 content
and decreasing the H2 and CO fractions, resulting in an

increased volumetric calorific value of the gas. Comparing
both gasifiers, it can be seen that the CO and CO2 fractions and
thus the degree of oxidation is considerably higher in directly
heated gasification. Accordingly, its product gas has a lower
stoichiometric number than in indirectly heated gasification,
which will lead to a lower CH4 concentration after methana-
tion. Fig. 4 shows the cold gas efficiency 3cg, defined as the ratio
of the chemical energy contained in the cold product gas and
the raw material (21), for variations of temperature and inlet
wood humidity around the normal operating point.

3cg ¼
Dh0

gas _m"gas

Dh0
wood

_mþwood

(21)

According to the figure, the conversion of chemical energy is
more efficient in directly heated gasification and situated
around 80%, while its value for indirectly heated gasification is
in the range of 70–80%. As discussed in Section 2.2.1,

Table 4 – Reconciliation of the producer gas compositions
at nominal Tg and pg [ 1 bar (Data/Calculation [%vol]).

Gasifier Indirectly
heated [66]

Directly
heated [29]

Directly
heated (O2)

Tg 850 'C 800 'C 800 'C
C2H4 1.8/1.9 2.0/1.9 –/4.5
CH4 8.8/9.6 4.2/4.0 –/9.5
H2 37.3/38.5 14.8/14.7 –/25.8
CO 29.4/27.4 15.4/16.0 –/32.3
CO2 16.2/15.8 15.0/14.7 –/24.0
N2 -a/2.9 39.6/40.3 –/0.1
H2O 3.6/3.9 –/8.4 –/3.8
Dh0

[MJ$Nm"3]
12.0/12.2 6.2/6.2 –/12.9

SN [-] 0.24/0.26 0.13/0.13 –/0.13

a Although no nitrogen is introduced by the gasification agent,
some N2 is used for inertisation of the raw material, which
prohibits to attain the criterion on the Wobbe Index at the process
outlet. In the remainder of this work, a cut-down to 0.5%vol of the
dry gas by inertisation with CO2 is assumed feasible.

Table 5 – Reconciled gasification model parameters.

Gasifier Indirectly heated Directly heated

DTeq,(3) "280 'C "280 'C
DTeq,(7) "112 'C "112 'C
kC2=C1 0.205 0.476
3cc 90.3% 93.0%
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Fig. 3 – Molar compositions of the dry gas from gasification.
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a more conservative hypothesis concerning methane forma-

tion in the model, which is to consider not the partial pres-
sure, but the molar fractions as activity of the species in the
gas phase. A bK~c is therefore defined, i.e.:

bK~c ¼

Q
j

~c
nj

j

Q
i

~cni
i

¼ bKp$p
"ð
P

j

nj"
P

i

niÞ

(17)

and used instead of bKp. Equation (14) is therefore rewritten as:

bK~c
¼ Kp

!
Tg þ DTeq

"
(18)

in which Kp is still evaluated with Equation (15).
By applying this approach to four independent equilibrium

reactions of Table 2, it is feasible to determine the reaction
extent and the product composition of gasification. However,
it has been observed that the observed C2H4-fraction is
excessively far from its equilibrium composition in terms of
temperature, and that the amount of residual carbon is
numerically sensible and difficult to handle since it is only
implicitly represented in the equations. In order to avoid
a considerable deterioration of the robustness of the model,
the corrected equilibrium reactions are therefore only used

with the hydrogenating gasification (3) and the water–gas shift
reaction (7). The amount of higher hydrocarbons represented
by ethene is assumed to be proportional to the methane yield
(19), and the carbon conversion efficiency is considered
constant (20):

~cC2H4 ¼ kC2=C1
~cCH4 (19)

_mcarbon;residual ¼ ð1" 3ccÞ _mcarbon;biogenic (20)

By fitting the model parameters (DTeq,(2), DTeq,(2), kC2=C1 and
3cc) to data of existing plants, both correct product yields and
energy balances around the nominal operating points are
obtained. Table 4 shows the good agreement of the recon-
ciliation reached for the considered gasifiers with the values

of the model parameters of Table 5. It is thereby interesting
to see that the distance to equilibrium of the reactions are

identical in the two models although the principles of gasi-
fication are different. This means that the bed plays the same
catalytical role in the gasifier and that the stability of
methane in the gas phase preventing its decomposition is the
same in the two gasifiers which are operating at similar
temperatures.

Fig. 3 depicts the dependence of the gasifier outlet
composition in the interval of &50 'C of the nominal gasifi-
cation temperature. For both gasifiers, lower operating
temperatures are increasing the hydrocarbon and CO2 content
and decreasing the H2 and CO fractions, resulting in an

increased volumetric calorific value of the gas. Comparing
both gasifiers, it can be seen that the CO and CO2 fractions and
thus the degree of oxidation is considerably higher in directly
heated gasification. Accordingly, its product gas has a lower
stoichiometric number than in indirectly heated gasification,
which will lead to a lower CH4 concentration after methana-
tion. Fig. 4 shows the cold gas efficiency 3cg, defined as the ratio
of the chemical energy contained in the cold product gas and
the raw material (21), for variations of temperature and inlet
wood humidity around the normal operating point.

3cg ¼
Dh0

gas _m"gas

Dh0
wood

_mþwood

(21)

According to the figure, the conversion of chemical energy is
more efficient in directly heated gasification and situated
around 80%, while its value for indirectly heated gasification is
in the range of 70–80%. As discussed in Section 2.2.1,

Table 4 – Reconciliation of the producer gas compositions
at nominal Tg and pg [ 1 bar (Data/Calculation [%vol]).

Gasifier Indirectly
heated [66]

Directly
heated [29]

Directly
heated (O2)

Tg 850 'C 800 'C 800 'C
C2H4 1.8/1.9 2.0/1.9 –/4.5
CH4 8.8/9.6 4.2/4.0 –/9.5
H2 37.3/38.5 14.8/14.7 –/25.8
CO 29.4/27.4 15.4/16.0 –/32.3
CO2 16.2/15.8 15.0/14.7 –/24.0
N2 -a/2.9 39.6/40.3 –/0.1
H2O 3.6/3.9 –/8.4 –/3.8
Dh0

[MJ$Nm"3]
12.0/12.2 6.2/6.2 –/12.9

SN [-] 0.24/0.26 0.13/0.13 –/0.13

a Although no nitrogen is introduced by the gasification agent,
some N2 is used for inertisation of the raw material, which
prohibits to attain the criterion on the Wobbe Index at the process
outlet. In the remainder of this work, a cut-down to 0.5%vol of the
dry gas by inertisation with CO2 is assumed feasible.

Table 5 – Reconciled gasification model parameters.

Gasifier Indirectly heated Directly heated

DTeq,(3) "280 'C "280 'C
DTeq,(7) "112 'C "112 'C
kC2=C1 0.205 0.476
3cc 90.3% 93.0%
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Fig. 3 – Molar compositions of the dry gas from gasification.

b i o m a s s a n d b i o e n e r g y 3 3 ( 2 0 0 9 ) 1 5 8 7 – 1 6 0 41594
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• Remove the impurities (inc. H2S, S2)

Gas cleaning 16
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The gasification system 17

GasificationWood

H2O(l)
0.96 kg/s

residuals and
condensates

(partly to combustion)

Steam drying Gas cooling and
cold cleaning

Methanation

Q+ (180°C)
Q+ (900°C)
4.2 MW Q- (<399°C)

H2O(l)
0.53 kg/s

TSA, PSA, memb. 
& compression

fumes
0.51 kgCO2/s

Combustion catalytic
combustion

depleted stream
0.74 kg/s

SNG

fumes/CO2air

pre-
heated
air

20 MWth

2.15 kg/s
Φ=50% hydrogen

recycling

heat recovery system

Q- (800-150°C)

Q- (800-150°C) Q- (>400°C)

5 bar, 180°C, 10%wt 1 bar, 850°C

H2O(v)
0.42 kg/s
300°C

1 bar, >900°C

1.19 kg/s
100°C

char: 1.8 MW
0.05 kg/s

19.6 MW
1.56 kg/s

850°C

16.5 MW
1.13 kg/s

25°C

3.1 MW
0.21 kg/s

0.22 kg/s

4.4 bar, 399-329°C

H2O(v)
0.44 kg/s
399°C

15.3 MW
1.07 kg/s

25°C
0.03 kg/s

14.1 MW
0.30 kg/s
25°C, 50 bar

600°C
400°C 0.75 kgCO2/s

production: 86.8 bar, 549°C
utilisation: 15.0 bar, 198°C

0.02 bar, 21°C

electricity
0.76 MW

GasificationWood

H2O(l)
0.90 kg/s

residuals and
condensates

(partly to combustion)

Steam drying Gas cooling and
cold cleaning

Methanation

Q+ (180°C)
Q+ (900°C)
4.4 MW Q- (<396°C)

H2O(l)
0.54 kg/s

3+1 membranes
& compressions

fumes
1.28 kgCO2/s

Combustion

SNG

pre-
heated
air

20 MWth

2.15 kg/s
Φ=50% hydrogen

recycling

heat recovery system

Q- (800-150°C)

Q- (800-150°C)

5 bar, 180°C, 14%wt 1 bar, 850°C

H2O(v)
0.36 kg/s
300°C

1 bar, >900°C

1.25 kg/s
100°C

char: 1.8 MW
0.05 kg/s

19.6 MW
1.56 kg/s

850°C

17.4 MW
1.19 kg/s

25°C

2.2 MW
0.15 kg/s

0.22 kg/s

12.2 bar, 396-326°C

H2O(v)
0.46 kg/s
396°C

15.6 MW
1.13 kg/s

25°C
0.02 kg/s

13.4 MW
0.29 kg/s
25°C, 50 bar

600°C

production: 97.8 bar, 531°C
utilisation: 15.0 bar, 198°C

2.11 bar, 122°C
0.96 bar, 99°C

electricity

ind. heat
0.36 MW

3.4 MW
110/70°C

2.0 MW
0.82 kg/s

th,biomass

εchem

CO, H2, CO2, H2O, CH4, CxHy

SOLID -> SYNGAS

DownDraft
Entrained flow
Indirectly heated
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• CO and H2 are produced (carry the LHV : eff : 80%) 
• Gasifying Agent 

– O2 
– Air 
– Steam 

• Heat by oxidation of the part of the biomass 
– Heating : direct or indirect 
– Fluidised bed material (can be catalytic) 

• Design, operating conditions and residence time are critical 
– Solid-Gas : drying - pyrolysis - gas release 
– Gas phase : reforming reactions 

• Ash separation 
• Gas cleaning 
• Heat recovery

Conclusion : gasification 18


